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Abstract

The gas—liquid mass transfer behavior is studied in a three-phase circulating fluidized bed reactor of 140 mm i.d. and 3.0 m height. Using
the oxygen dissolution method, the volumetric mass transfer coefflgiams obtained from the measured bulk concentration of the liquid
phase by fitting to the axial dispersion model (ADM). The gas holdup and the distribution of bubble size in the bed are measured by a fiber
optical probe system, then the gas-liquid interfacial aread the mass transfer coefficiéqtare calculated. The influences of the main
operating conditions, including superficial gas velocity, superficial liquid velocity and solid circulating rate, are studied systematically.
© 2001 Elsevier Science B.V. All rights reserved.
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1. Introduction gas/liquid velocity and larger processing capability; higher
gas holdup; more uniform and more fine bubbles; more eas-

Gas-liquid—solid three-phase fluidized beds have beenily heat transfer into or out of the bed. These features ex-
widely used in chemical, petrochemical, electrochemical hibit that gas—liquid—solid three-phase circulating fluidized
and biochemical processes. The most important operationbed reactors have wide perspectives of potential application.
mode of gas—liquid—solid fluidization is gas—liquid concur- It is important for the development of three-phase cir-
rent upward flow with liquid as continuous phase. In the past culating fluidized bed to acquire a good understanding of
decades, investigations on this mode were mainly focusedits gas-liquid mass transfer behavior. Up to now, a number
on conventional expanded bed regime [1]. However, the cir- of investigations on gas-liquid mass transfer of three-phase
culating/fast fluidization regime was less often studied. fluidization systems have been reported [6-12]. However,

For some gas-liquid—solid reaction systems, solid cat- most research was limited to the measurement of gas—liquid
alysts lose their activity due to the deposit of metal and volumetric mass transfer coefficient in the conventional ex-
coke on the surface. Hence, the particles should be carriedpanded bed. For more clearly understanding the gas-liquid
out of the bed to be regenerated. Using an accompany-mass transfer behavior of three-phase circulating fluidized
ing downcomer as a regenerator, the catalytic reaction andbed, it is essential to determine the gas-liquid volumetric
the regeneration of the catalysts can easily be coupledmass transfer coefficient and the gas—liquid interfacial area
together by circulating operation and this two processes Simultaneously.
can be operated continuously. Liang et al. [2,3] presented
the gas-liquid—solid three-phase fluidized bed with outer
circulation of particles and studied its hydrodynamic be- 2. Experimental
havior. Han et al. [4] and Yang et al. [5] studied the liquid
phase flow structure and backmixing characteristics of 2.1. Experimental apparatus
gas—liquid—solid three-phase circulating fluidized bed.

Compared with the conventional fluidized bed, circulating ~ The experiments are carried out in a gas-liquid—solid
fluidized bed reactors have many specific advantages, suctihree-phase fluidized bed shown in Fig. 1. The experimental
as better interphase contact; reduced backmixing; higherapparatus consists of riser, liquid—solid separator, particle

reservoir and liquid reservoir, etc. The riser is a vertical
* Corresponding author. Tek:86-10-62785464; fax:86-10-62772051.  Plexiglas column of 140mm i.d. and 3.0m in height. Air,
E-mail addresswangjfu@mail.tsinghua.edu.cn (J. Wang). water and glass beads of 0.4 mm are used as the gas, liquid
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Nomenclature

interfacial area (1 m)

dissolved oxygen concentration in

the liquid phase (mg/l)

0xygen concentration at the

bottom entrance (mg/l)

oxygen concentration above

distributor atx = 0 (mg/l)

saturated oxygen concentration (mg/l)
particle diameter (mm)

axial dispersion coefficient (cfrs)

mole flowrate of entrance air (mol/s)
particle-circulating rate (kg/fs)

Henry constant (Pal/mg)

gas-liquid mass transfer coefficient (m/s)
gas-liquid volumetric mass transfer
coefficient (1s)

column height (m)

atmospheric pressure (Pa)

Peclet number of liquid phas&J(L/Dze| )
pressure drop (Pa)

radial position (m)

radius of the bed (m)

Reynold number of gas phaselyog/ig)
Reynold number of liquid phas®U_ o /L)
Stanton number of gas

phase k_aVp/(32 x 10°F4i)

Stanton number of liquid phask @L/U| )
superficial gas velocity (m/s)

superficial liquid velocity U1 + UyL2) (m/s)
superficial primary liquid velocity (m/s)
superficial secondary liquid velocity (m/s)
particle terminal velocity (m/s)

effective volume of column (461)
superficial solid velocity Gs/ps) (m/s)

axial coordinate (m)

dimensionless axial coordinate/l()

mole fraction of oxygen in gas phase

Greek letters

gas holdup

liquid holdup

solid holdup

gas viscosity

liquid viscosity (kg/n?)
gas density (kg/})
liquid density (kg/nd)
solid density (kg/r)

and solid phases, respectively. The liquid pumped from
the reservoir is divided into two streams and then fed into
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Fig. 1. Schematic diagram of the experimental apparatus: 1, riser; 2,
pressure tap; 3, gas-liquid distributor; 4, liquid—solid separator; 5, particle
metering tank; 6, particle reservoir; 7, flowmeter; 8, liquid pump; 9, liquid
reservoir; 10, secondary liquid—solid separator.

from the top of the riser are separated from the liquid in a
primary liquid—solid separator and returned to the reservoir.
The particle-circulating rate is controlled by regulating the
flow rate ratio between the two liquid streams.

2.2. Measurements

2.2.1. Measurement of the gas—liquid volumetric mass
transfer coefficient

The gas-liquid volumetric mass transfer coefficikna
is estimated by fitting the axial oxygen concentration
distribution in the liquid phase according to the axial
dispersion model (ADM), through simultaneous liquid

o1
o1
Eh1

the bed, a primary stream fed I_nto the be_d bOtFom and aFig. 2. Structure diagram of gas-liquid distributor: 1, gas—liquid distribut-
secondary stream below the exit of the circulating stand- ing tube; 2, air inlet; 3, secondary liquid stream inlet; 4, primary liquid
pipe, which is shown in Fig. 2. Solid particles entrained stream inlet; 5, drainage.
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sampling at seven axial positions. The dissolved oxygen i 1.2
concentrations in the liquid phase are measured using a ' l b
dissolved oxygen meter (JENWAY, model 9070). In order f T a
to determine the saturated solubility of oxygen in water, TCD6 @3

liquid temperatures are also measured. The oxygen in the

fed water is stripped by pure nitrogen in the reservoir.
According to the ADM, the oxygen mass balance in the

liquid phase of a three-phase fluidized bed can be written as.qncentrations.

Fig. 3. Structure of the optical fiber probe: a, the upper fiber; b, the lower
fiber.

[10]
2 .
1 d? dc Err = Z(Ci,calc— Ci,mead” — Min,
Qm—@-FSt[(a—b)(k)y—c]:O (1) i
i=0",12..,7 (5)
wherea = Po/He, b = AP/He, AP = (ggpg + eLpL +
€s0s)gL- 2.2.2. Measurement of the gas-liquid interfacial area

The axial dispersion of oxygen in the gas phase can be  The gas holdupg and the bubble size distribution are
neglected and the oxygen mass balance in the gas phase cafleasured by an optical fiber probe system for measuring
be described by the bubble behavior in multiphase flow. The mean bubble
dy b c diameterdy, can be deduced from the bubble size distribution

dr* Y= @ and the gas—liquid interfacial ar@acan be calculated by

_ the expression ofi = 6eg¢/dy. Then, the gas-liquid mass
whereSy is the Stanton number of the gas phase. The abovetransfer coefficienk, can be obtained.

mass balance Egs. (1) and (2) are complemented with the Tne gptical fiber probe system mainly consists of laser

following boundary conditions. source, light splitter, optical fiber coupler, light detector, am-
N _ 1 de plifier, A/D transducer, optical fiber probe and PC. A single
. 0, ct=coF Pa dr*|.. Y=o beam of laser emitted by the continuous infrared laser source
= dc =0 ®3) is separated into two beams by the light splitter. These two
1, e+ e =0 beams of laser enter the optical fiber through the coupler

and are reflected on the top of probe. The intensities of the
The above two-point boundary value problem Egs. (1)—(3) reflection light are different when the probe is placed in gas
can be solved analytically or numerically. The axial distri- phase and liquid phase. The light detector converts the sig-

bution ofc andy in the column can be calculateddf, P nals of light intensity into the electrical signals. Then the
andk_a are given. In the present studyq_ is calculated  standard 0-5V voltage signals are obtained after amplifi-
according to the correlation by Han et al. [4]. cation and offset treatment. These original signals can be
Pg =32x 10 “Re R%70A5(1 — 69?28 @) sampled by a PC after the A/D conversion.

The structure of the probe is shown in Fig. 3. Itis made up
If the value ofk_a is given appropriately, the axial distri-  of a pair of communication optical fiber of 62u%n in diam-

bution of dissolved oxygen concentration in the liquid phase eter. It can move in the radial direction and measure the radial
will agree with experimental measurements. So the prob- distribution of bubble size from the center to the wall of the
lem of determiningk_a based on the measurement of dis- column. Before it was used for three-phase measurement,
solved oxygen concentration in the liquid phase, is converted the probe was calibrated in a two-dimensional gas-liquid
to an optimization problem in which the target function is bubble column. Fig. 4 shows a set of typical signals from
the error between the calculated and the measured oxygenthe probe measured in the three-phase fluidized bed.
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Fig. 4. Typical signals from the optical fiber probe.
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Distinguishing the bubble peaks
v :
Correlating treatment of Duration time of the ol
) Local gas holdup
the two groups of signals bubble signals
y
Bubble rising velocity | Bubble chord length
+ Gas-liquid interfacial area
A
Distribution of bubble chord length

Distribution of bubble size {——] Mean bubble diameter

Fig. 5. Program frame of data treatment process.

As shown in Fig. 5, the bubble peaks are first distinguished fer behavior in the three-phase circulating fluidized bed.
from the original data. Then the local gas holdup, the bub- Both the gas-liquid interfacial area and the gas—liquid mass
ble rising velocity, the distribution of bubble chord length transfer coefficient increase with increasing superficial gas
and the distribution of bubble size can be obtained after the velocity. The reason is that higher gas velocity increases
arithmetic treatment of correlation, statistics and distribut- the gas holdup and decreases the mean diameter of bubble,
ing transformation. The local gas holdup is determined by leading to the increase of gas—liquid interfacial area. In
integrating the measured values over Rtd@ he distribution addition, the increase of gas velocity speeds up the rising
of bubble chord length is transformed to the distribution of velocity of bubbles in the bed and enhances the turbulence
bubble size by using the method of Liu et al. [13]. Based on of the liquid phase around the rising bubbles. The mass
the local gas holdup and the distribution of bubble size, the transfer resistance from the liquid film on the surface of
gas-liquid interfacial area can be calculated. bubbles to the liquid bulk decreases, then the gas-liquid

mass transfer coefficient increases.

3. Results and discussion S )
3.2. Influence of superficial liquid velocity

3.1. Influence of superficial gas velocity
Figs. 8 and 9 illustrate the influence of superficial liquid
It can be seen in Figs. 6 and 7 that the superficial gas velocity on the gas—liquid interfacial area and the gas—liquid
velocity has remarkable influence on gas-liquid mass trans-mass transfer coefficient. The superficial liquid velocity
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Fig. 6. The effect of superficial gas velocity on the gas-liquid interfacial Fig. 7. The variation of gas—liquid mass transfer coefficient with superficial
area at different radial positions. gas velocity.
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Fig. 10. The effect of particle circulating rate on the gas-liquid interfacial

Fig. 8. The effect of superficial liquid velocity on the gas—liquid interfacial . . -
area at different radial positions.

area at different radial positions.

has a little influence on the gas-liquid interfacial area. 3.3. Influence of solid holdup

The gas-liquid interfacial area of the wall region increases

slightly with the increase of liquid velocity, but that of the | the three-phase circulating fluidized bed, the solid
center region changes little. As a result of small influence of holdup can be regulated through controlling the flowrate
liquid velocity on the mean bubble diameter, the variation ratio of the main liquid flow and the secondary liquid flow
of the gas-liquid interfacial area is determined by the influ- to alter the particle circulating rate. According to the work
ence of liquid velocity on the gas holdup. Increasing liquid of Ljang et al. [3], the solid holdup can be increased by
velocity enhances the gas holdup of the wall region, so the increasing the particle circulating rate, that is increasing the
gas-liquid interfacial area of the wall region increases. A secondary liquid velocity.

nearly linear variation of gaS—quuid mass transfer coeffi- It can be seen in Fig 10 that increasing particie circu-
cient versus superficial liquid velocity is found within a |ating rate results in the increase of solid holdup and the
certain range of the superficial liquid velocity, similar to  decrease of gas—liquid interfacial area. The reason is that
the variation of gas—liquid mass transfer coefficient versus the increase of Solid hoidup |eads to increasing the Sys-
superficial gas velocity. The reason is that higher liquid tem apparent viscosity and the bubble coalescence will be
velocity promotes the turbulence degree of liquid flow just jncreased consequently. However, the influence of solid
like the increase of gas velocity. Then the mass transfer lig- holdup on the gas—liquid mass transfer coefficient is rela-

uid film in the SyStem becomes thinner and the gaS—quUid ti\/eiy Compiex_ As shown in Fig 11, the gas_iiquid mass
mass transfer of the liquid side increases.
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Fig. 9. The variation of gas-liquid mass transfer coefficient with superficial Fig. 11. The variation of gas-liquid mass transfer coefficient with solid
liquid velocity. holdup.
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transfer coefficient increases greatly with the increase of
solid holdup when the solid holdup is small; but it de-

creases slowly with the further increase of solid holdup. In
the region of low solid holdup, the existence and move-
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region of high solid holdup, the gas-liquid mass transfer
coefficient decreases with increasing solid holdup.

ment of particles takes the effect of breaking bubbles and Acknowledgements

enhancing the turbulence of liquid phase, then the capacity
of gas-liquid mass transfer increases. In the region of high
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increasing the apparent viscosity of the bed, which is unfa-

vorable to the mass transfer process, since gas-liquid MASH ferences

transfer coefficient is inversely proportional to viscosity
[14], then the gas—liquid mass transfer coefficient decreases.

4. Conclusions

Using the oxygen dissolution method and a fiber opti-
cal probe system, the gas—liquid volumetric mass transfer
coefficient and the gas—liquid interfacial area can be mea-
sured simultaneously in the three-phase circulating fluidized
bed. Study on the effect of main operation conditions on the
gas-liquid mass transfer coefficient comes into the follow-
ing conclusions.

1. The gas-liquid mass transfer coefficient increases with
increasing superficial gas velocity.
2.

increasing superficial liquid velocity.

efficient as the particle circulating rate increases: in the
region of low solid holdup, the gas—liquid mass transfer
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